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A new type of microstructured reactor was characterized and tested in the oxidative dehydrogenation
of propane (ODP) with respect to reaction engineering aspects. Residence time behavior was measured
using O, /N, step injection experiments and theoretically analyzed by applying the axial dispersion model,
resulting in Bodenstein numbers in the range of 70. Catalytic performance in the ODP was predicted on
the basis of a kinetic model from the literature, showing good agreement for low degrees of propane
conversion. In order to elucidate discrepancies between experimental and forecasted model data at higher
degrees of propane conversion (i.e., >12.5%), possible sources of error were systematically investigated.
Specifically, heat and mass transport limitations were excluded as well as possible inaccuracies of the
applied kinetic model were examined. It could be shown that microstructured reactors are well suited
to be applied for strongly exothermic heterogeneously catalyzed gas phase reactions since they allow
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1. Introduction

The potential of microreaction technology (MRT) for substan-
tially improving the efficiency of chemical production processes
has long been promoted in the literature. Over the last two decades,
many studies have been done on various reactions using innu-
merous reactor designs specifically developed for a whole range
of unit operations [1-8]. However, most research activities were
focused on lab-scale applications with only few attempts to enter
industrial-scale production regimes. One of the most regarded
examples is the DEMIS project, which was designed to prove the
principle applicability of microstructured reactors for industrial
processes [9]. In order to widen the range of available reactor
designs for larger production scales, a scalable manufacturing con-
cept for microstructured reactors was developed prior to this work.
The results were presented in detail in Part I of this paper.

The oxidative dehydrogenation of propane (ODP) to propene
was chosen as a sensitive test reaction, since it is fast and strongly
exothermic and therefore well suited to be applied in a microstruc-
tured reactor [10-12]. It has been intensively investigated during
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the past but the major challenge in the development process being
the formulation of a catalyst with sufficient propene selectivity
has not been overcome yet [13-18]. However, the simultaneous
development of innovative reaction technologies and new catalyst
formulations might lead to an economically feasible process for the
ODP finally.

In the first step, our microstructured reactors were tested with
respect to reaction engineering aspects that might be useful to
improve the overall process efficiency of the ODP once a promising
catalyst system has been found. Especially, residence time dis-
tributions and catalytic behavior were investigated. Experimental
results were compared to a kinetic model published by Frank et al.
[19] in order to verify the potential of microstructured reactors for
fast and strongly exothermic heterogeneously catalyzed gas phase
reactions. In particular, the usefulness of a distributed oxygen feed
was analyzed.

2. Experimental

All catalytic coatings and microstructured reactors were fabri-
cated according to the detailed descriptions in Part I of this paper.
For sake of brevity, specifics on the preparation and characteriza-
tion of the coatings and the manufacturing process of the reactor
modules will not be repeated here.
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Nomenclature

Aw heat transfer area (m?)

Bo Bodenstein number

Ci concentration of component i (mol1-1)

p specific heat capacity (Jkg=1 K1)

Dax axial dispersion coefficient (m2s—1)

De effective diffusion coefficient (m2s~1)

D; molecular diffusion coefficient (m2s=1)

E(6) residence time distribution function

Ep; activation energy of reaction i (Jmol~1)

F(0) cumulative residence time distribution function

ARH; reaction enthalpy of reaction i (Jmol~1)

kw overall heat transfer coefficient (Js~! m=—2K-1)

Koo pre-exponential factor (with reaction order m) (s~!
(1‘1‘13 mol-1 )m71)

L reactor length (m)

m; reaction order for hydrocarbons of reaction i

n; reaction order for oxygen of reaction i

N number CSTRs in cascade

'm reaction rate normalized by catalyst mass

(molkg=1s-1)

(rerr)s  effective reaction rate normalized by catalyst sur-
face (molm—2s-1)

(rogr)y  effective reactionrate normalized by reactor volume
(molm=—3s-1)

R universal gas constant (8.314) (Jmol~1 K1)

Rg hydraulic diameter (m)

t effective residence time (s)

T reaction temperature (°C, K)

Tw temperature of reactor wall (°C, K)

Uy linear flow velocity (ms~1)

VR reactor volume (m3)

Greek letters

Scat thickness of catalytic coating (jum)

0 reduced residence time

0 specific density (kgm~3)

Tcascade Mean residence time of cascade of CSRTs (s)

Thyd hydrodynamic residence time (s)

Tmod modified residence time (kgsm3)

TMR mean residence time of microstructured reactor (s)

TPFTR mean residence time of PFTR (s)

2.1. Reactor designs

In addition to the structured steel platelets that were intro-
duced before (single channel design, 35 mm length, 21 mm width,
0.23mm depth), a multi-channel platelet (54 mm length, 1 mm
width, 0.3 mm depth, 0.55mm wall thickness, 22 channels) was
used for manufacturing the microstructured reactors. Further-
more, the multi-channel design was adapted to distribute the
oxygen feed over the catalyst bed opposed to the conventional co-
feed mode of reactants (i.e., the platelet was perforated with 22
equally spaced holes in each channel with an average diameter of
0.5 mm). With this reactor configuration, C3Hg and N, are fed to
the catalyst-coated channels whereas O, is fed separately through
the perforated channels. Fig. 1a shows a schematic drawing of the
multi-channel microstructured reactor, whereas Fig. 1b shows a
photograph of a reactor between two brass metal plates equipped
with four heating cartridges.

Thermal behavior of the microstructured reactors (only in case
of the single channel design) was monitored using three thermo-

couples that were placed in equal distances along the catalyst bed.
Temperature was controlled by a fourth thermocouple that was
placed in some distance from the catalyst-coated channels (for
more details see Part I of this paper). In case of the multi-channel
design, a thermocouple for temperature control was placed in one
of the heating plates.

2.2. Flow characteristics

Residence time behavior of the different reactor designs was
recorded at room temperature using O, /N, step injection experi-
ments (flow rate 60 ml, min—1). For changing the flow from oxygen
to nitrogen, a four-way cross-flow valve was used. Signals were
detected by a mass spectrometer (InProcess Instruments GAM200).
The reactors were directly attached to the cross-flow valve and
the mass spectrometer via two connectors (1/8in. at valve out-
let and mass spectrometer inlet to 6 mm at reactor in- and outlet,
respectively). For blind tests, the reactors were removed and the
connectors were directly linked with each other. Thereby, the influ-
ence of the mass spectrometer and the tubing on the recorded
residence time distribution can be separated from the influence of
the microstructured reactors. For quantitative analysis of the resi-
dence time experiments, the axial dispersion model was combined
with a PFTR and a cascade of CSTRs in order to fit experimental data
and extract corresponding Bodenstein numbers for all examined
reactor designs. The residence time distribution (RTD) function E(9)
and the cumulative RTD function F(@) of the axial dispersion model
are given according to the following equations [20]:

2
1-6)B

E(@):% %exp —% (1)
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where O=t/TyR is the reduced residence time and Bo = (uxL)/Dax
is the dimensionless Bodenstein number. Furthermore, t is the
effective residence time, T is the mean residence time of the
microstructured reactor, Day is the axial dispersion coefficient, uy is
the linear flow velocity, and L the reactor length. The RTD function
E(0) and the cumulative RTD function F(0) of a cascade of CSTRs are
given in the following equations [20]:

N(No)™ !
E(0) = TINCDT exp (—N6) (3)
N-1 i
F(0) =1 — exp (—NO) Z“\lﬁ (4)
i=0

where 0=t/Tcascade 15 the reduced residence time, N the number
of CSTRs, and Tcyscade 1S the mean residence time of the reactor
cascade. The software package Berkeley Madonna (Version 8.0.1)
was used to numerically fit model curves to experimental data.

2.3. Catalytic behavior

Catalytic measurements were performed using the experimen-
tal set up that was described in detail in Part I of this paper. The
microstructured reactors were kept between 400 and 500 °C. The
ratio of the C3Hg/O,/N, inlet flow was 2/1/4. Total volume flows
were varied from 30 to 240 ml, min~!. Since organic binder for-
mulations showed least influence on the catalytic behavior of the
coatings compared to the reference catalyst, results from inorganic
binder formulations were excluded from this part of the present



0. Schwarz et al. / Chemical Engineering Journal 145 (2009) 429-435 431

Fig. 1. (a) Schematic drawing of a microstructured reactor for distributing oxygen over the catalyst bed and (b) photograph of a microstructured reactor with heating blocks

equipped with heating cartridges.

study. The thickness of the catalytic coatings varied between 5 and
25 pm. All catalytic measurements except for the oxygen distribu-
tion reactor were performed using microstructured reactors made
from four structured single channel platelets and two platelets for
inserting the thermocouples. In case of the oxygen distribution
reactor, four multi-channel platelets and four perforated multi-
channel platelets were combined without including platelets for
temperature control.

3. Results and discussion
3.1. Residence time distributions

The knowledge about residence time behavior of a reactor
is crucial for any further reactor modeling. Parameter estima-
tion from experimental data for standardized models, such as the
axial dispersion model or the reactor cascade model, is neces-
sary to mathematically describe the behavior of non-ideal reactors.
However, deriving model parameters from experimental data for
microstructured devices turned out to be problematical, since ade-
quate detectors and theoretical models are still under development
[21-26]. Therefore, we do not aim for a highly accurate mathe-
matical description of our reactors but for a sufficiently precise
parameter estimate in order to evaluate residence time behavior
and select a suitable reactor model. Fig. 2 shows the cumulative RTD
functions for all analyzed microstructured reactors (reactors with
distributed O, feed were excluded from this series of experiments,
due to their complex internal geometry, making them difficult to
describe with standardized models).

Fitting the axial dispersion model to unadjusted experimental
data in order to determine model parameters will result in highly
inaccurate parameter estimates, since the mass spectrometer that
was used for detecting the cumulative RTD functions also con-
tributed to overall backmixing and residence time (as seen in Fig. 2).
Therefore, we combined the axial dispersion model for fitting the
reactor behavior with an ideal PFTR to account for the influence of
the mass spectrometer and the tubing as follows:

step injection — microstructured reactor — PFTR — detector

Model parameters (Tyr, Bo, and tprrr) were simultaneously
varied by the software package Berkeley Madonna to fit the com-
bined model to our experimental data. The residence time of
the imaginary PFTR tprrg was determined to be 9.9s. Corre-
sponding residence times Tygr; of the microstructured reactors

varied between 4.6 and 5.2 s. Under these assumptions, all back-
mixing is assigned to the reactors, resulting in relatively low
Bodenstein numbers Bo; of 15-19 and relatively high residence
times compared to hydrodynamic residence times (tpyq =reactor
volume/flow rate). However, step injection experiments without
microstructured reactors showed that a significant proportion of
the backmixing is due to the valve system of the mass spectrometer
(see Fig. 2). Therefore, our model was modified in order to account
for the influence of the mass spectrometer by adding a cascade of
CSTRs:

step injection — microstructured reactor — PFTR

— cascade of CSTRs — detector

In the first step, parameters of the PFTR and the reactor cas-
cade were determined fitting experimental data from blind tests
(without microstructured reactors). The influence of the mass
spectrometer can be well described by a parameter combina-
tion of Tprrr=9.5S, Tcascade =2.95 and N=3. These parameters
were kept constant for consecutive fits in order to guarantee
identical boundary conditions. In the second step, Tygr» and
Bo, were simultaneously varied to fit the combined model to
the experimental data. The result of this method is shown in
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Fig. 2. Response functions of mass spectrometer (¢), single channel designs (M,

face-to-back; @, face-to-face) and multi-channel design (a) to O,/N; step injection
experiments (flow rate 60 ml, min~1).
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Fig. 3. Fit of adjusted model (dashed lines) to experimental data (W, response func-
tion of microstructured reactor including mass spectrometer; ¢, response function
of mass spectrometer individually) in order to estimate Tug 2 and Bo, for microstruc-
tured reactor (solid line, flow rate 60 ml, min—1).

Fig. 3, revealing a good agreement of experimental and model
data.

By accounting for the influence of the mass spectrometer on
the cumulative RTD function, significantly higher Bodenstein num-
bers Bo, were obtained for the microstructured reactors. Through
this method, backmixing effects are proportionally assigned to
the mass spectrometer and the microstructured reactors, respec-
tively. Values of Bo, vary between 66 and 76, giving justified
rise to the assumption that the residence time behavior of our
microstructured reactors can be approximated with an ideal PFTR
model [20]. In addition, experimental Tyr values fall in the range
of hydrodynamic residence times, which is in good accordance
with assuming a PFTR model for the microstructured reactors.
Results of our residence time experiments are summarized in
Table 1.

However, it has to be stressed that this method is not suitable for
determining model parameters with high accuracy. This is mainly
due to the substantial influence of the detector system on resulting
cumulative RTD functions. Sensitivity of parameter estimation is
high, making this method prone to misinterpretation. However, it
serves the purpose to assess residence time behavior of microstruc-
tured devices and to choose a suitable reactor model.

3.2. Kinetic investigations

In order to analyze the catalytic behavior of the tested
microstructured reactors, a kinetic model was chosen from the lit-
erature to evaluate the potential performance of our reactors in
the oxidative dehydrogenation of propane. Frank et al. suggested a
simplified power law approach for a low loaded VOy/y-Al,03 cata-
lyst to mathematically describe their experimental data and extract

Table 1

Residence times (Thyq, Tmr) and Bodenstein numbers (Bo) of reactor designs deter-
mined from parameter estimation. Index 1 corresponds to adapted model with PFTR,
index 2 to adapted model with PFTR/CSTRs.

Face-to-back
multi-channel

Face-to-face
single channel

Face-to-back
single channel

Reactor design

Thya (5) 18 2.1 2.8
TMR,1 (S) 4.6 4.9 5.2
Bo, 15 17 19
Tmr2 (S) 2.1 2.5 2.7
Boy 66 73 76

intrinsic kinetic parameters [19]:

decHg EaqN my on
r= Ty = koo,1 €XP (— RT ) CCohg €O} (5)
dCC3H6 En2\ m n
= Aoy = koo 2 €XP (— R ) 4,02 (6)
C]CO2
= =-0.5r1 —3.5 7
r3 e 1 r (7)

where ry and r;, are the reaction rates for selective propane conver-
sion and propene deep oxidation, r3 is the reaction rate for oxygen
conversion, and T,,.q is the modified residence time (catalyst mass
divided by volume flow of reactants). All model parameters were
taken as published (i.e., activation energies and reaction orders),
except k.1 and k2, which were matched to experimental data as
reported in [27] in order to adjust for specific catalyst character-
istics, such as the surface density of VO, species. In addition, the
accuracy of activation energies was crosschecked with kinetic data
from the literature and showed good agreement [28]. All parame-
ters used in the kinetic model are summarized in Table 2.

In order to predict catalytic behavior of our microstructured
reactors from intrinsic kinetics, an isothermal PFTR reactor model
was chosen. The assumptions inherent to this model are as follows:
(1) neither axial nor radial temperature gradients exist along the
catalytic bed and (2) no axial backmixing but perfect radial mixing
prevails in the reactor. Since residence time behavior experiments
revealed Bodenstein numbers in the range of 70, the PFTR reac-
tor type appears to be well suited to mathematically describe the
progress of the reaction in our microstructured reactors. In terms
of isothermal reaction conditions, no temperature gradients were
observed along the catalyst bed measured by three thermocouples
that were placed close the coated reactor channels, justifying the
above assumptions of an isothermal reactor model.

In the first step, the mass balances given in Egs. (5)-(7) were
solved separately from the heat balance to verify if the experimental
data obtained from the microstructured reactors can be described
by the assumed kinetics and the applied reactor model. Fig. 4a
shows measured and simulated propane conversion versus modi-
fied residence time, whereas Fig. 4b shows measured and simulated
propene selectivity versus propane conversion.

It can be seen that activity behavior of the microstructured reac-
tors can be simulated with good accuracy for propane conversion
degrees <12.5% at 400 and 450°C. At 500°C propane conversion
could not be kept below 12.5% due to the high activity of the applied
catalyst. However, the trend predicts that activity behavior at 500 °C
will be described by the model for propane conversion degrees
<12.5%, too. Therefore, it can be concluded that the assumed kinetic
model is suitable for describing our experimental data from the
microstructured reactors. However, once propane conversion is fur-
ther increased (>12.5%), activity is dramatically overestimated by
the model. Similarly, selectivity towards propene can be predicted
with good accuracy for low propane conversion degrees but once
propane conversion is increased beyond 10%, selectivity is greatly
overestimated by the model.

The discrepancy between experimental and predicted model
data might be due to several reasons. First of all it has to be verified
that isothermal reaction conditions can be assumed for all mea-
surements. As was noted before, no temperature gradients could
be observed along the catalyst bed during our experimental stud-
ies. In addition, thermal behavior of the microstructured reactors
was theoretically modeled by simultaneously solving the mass bal-
ances according to Egs. (5)-(7) and the heat balance according to
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Table 2
Kinetic parameters applied for modeling isothermal microstructured reactor.

Koo Ea (kJmol~1) m n
Propane conversion (r7) 5.816 x 10°> mol®2> m225 kg~ 51 m 0.65 0.10
Propene combustion (r;) 5.672 x10° mol%7 m>! kg1 s1 102 0.70 1.00

Eq. (8):
dr -1 ARHl — 1 ARHZ kWAW
= — (T = Ty) MW 8
dTmod CoCp ( W)VRCOCD/O ®)

where AgRH; =—117.6 k] mol~! and AgH, = —1360.2 k] mol~! are the
reaction enthalpies of Reactions (1) and (2), cg is the initial total gas
concentration, and cp and p are the average heat capacity and den-
sity of the gases estimated from the literature [29]. Furthermore,
Tw is the temperature of the reactor wall, ky is the estimated heat
transfer coefficient, Ay the heat transfer area and Vg the reactor
volume. Fig. 5 shows the temperature gradient, propane and oxy-
gen conversion along the catalyst bed in a microstructured reactor
(single channel design) at 500°C.

Applying conservative estimates for ky (50 Wm~2K~!) and Aw
(1.47 x 1073 m?), the maximum temperature rise along the cata-
lyst bed is less than 1K at full oxygen conversion. Therefore, it
can be concluded that isothermal reaction conditions prevail in all
experimental series.

Another possible reason for overestimating the activity of the
microstructured reactors might be the existence of mass trans-
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Fig. 4. Comparison of predicted model data with experimental data for (a)
propane conversion and (b) propene selectivity (C3Hg/O,/N,=2/1/4, flow rate
30-240ml, min~1).

port limitations, decreasing experimentally determined propane
conversion. In order to estimate the influence of possible mass
transport limitations, two diagnostic criteria were applied. For eval-
uating external and internal mass transport limitations, the Mears
criterion [20,30] according to Eq. (9) and the Weisz-Prater criterion
[20,31] according to Eq. (10) adjusted for planar catalyst layers were
used:

Ro(Tef)s

e < 0.05 (9)
82, (resr)

Cat\'effJv

e < 0.07 (10)

where Ry is the hydraulic diameter of the channel, D; is the molec-
ular diffusion coefficient, De is the effective diffusion coefficient,
Scat is the thickness of the catalytic coating, (reff)s is the reaction
rate normalized by the catalyst surface, and (res)y is the reaction
rate normalized by the reactor volume. The Mears and Weisz-Prater
criteria were evaluated for reaction rate ry at 500 °C using parame-
ters provided in Table 2 and a coating thickness of 25 pm. The left
hand side of Egs. (9) and (10) were calculated to be 9.8 x 10-6 and
8.7 x 104, respectively. Both values are far below the given lim-
its for an irreversible first-order reaction. Therefore, it is unlikely
that mass transport phenomena limit propane conversion in the
microstructured reactors and are responsible for the discrepancies
between experimental and simulated data.

Since the kinetic model by Frank et al. was developed exclusively
from differential measurements of propane and propene conver-
sion, it might well be possible that some of their model parameters
are not representative for higher degrees of propane conversion.
Especially, the overestimated activity might be due to a wrong reac-
tion order for oxygen in Reaction (1). It was estimated to be 0.1,
which limits the influence of oxygen concentration on the reac-
tion rate. However, it is obvious that the consumption of propane
strongly decreases with decreasing oxygen concentrations, which
gives rise to the assumption that n; was underestimated in the
applied kinetic model.

In addition to the discrepancies between experimental and sim-
ulated data for activity behavior of the microstructured reactors,
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Fig.5. Simulated temperature gradient and conversion degrees of propane and oxy-
gen along the catalytic bed in a microstructured reactor (C3Hg/O, /N, =2/1/4, flow
rate 30-240 ml, min~').
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also selectivity towards propene cannot be forecasted with satis-
factory accuracy. As was shown in Fig. 4b, selectivity is predicted to
decrease to a minimum and subsequently increase at high degrees
of propane conversion. This catalytic behavior was not observed
during any experimental series while using our microstructured
reactors. The prediction of the rising propene selectivity is based on
the difference between reaction orders for oxygen in Reaction (1)
and (2). Reaction order nq was estimated to be 0.1, whereas reaction
order n, was estimated to be 1.0. This difference in reaction orders
leads to a relatively high reaction rate 1 in comparison to reaction
rate rp at low oxygen concentrations. Therefore, selectivity towards
propene is forecasted to increase at high degrees of propane conver-
sion. In order to verify or falsify the assumption that n; and n; are
different from each other, the microstructured reactor with the dis-
tributed oxygen feed was applied. If n; is smaller than n,, lowering
the oxygen partial pressure at the catalytically active sites should
increase propene selectivity. This behavior was also theoretically
examined in the literature [32]. Fig. 6 shows experimental data
from a conventional co-feed reactor and the oxygen distribution
reactor as well as corresponding simulated selectivity-conversion
trajectories.

It can be seen that experimental data from both reactor types
are almost identical in terms of selectivity behavior. In contrast,
propene selectivity predicted from the simulation of the oxygen
distribution reactor is far higher than for the conventional co-feed
reactor. Therefore, there are strong experimental and theoretical
indications that oxygen reaction orders n; and n, are not as dif-
ferent as proposed by Frank et al. There are several reasons why
their model is not able to predict concentrations for high degrees
of propane conversion. In their experiments, propane and propene
conversion degrees were kept to values <2% and <3%, respectively.
The main reason for that was the inability to control temperature
gradients along the catalyst bed. In addition, simplifications such
as the assumption of a constant CO:CO, ratio might not be justi-
fied. Most importantly, activation energies of both reactions were
not determined in the same temperature range, whereas reaction
orders were assumed to be independent from temperature. How-
ever, the model serves well for the purpose it was developed for
but seems unsuitable for extrapolation. As was explained above, it
appears most likely that oxygen reaction orders are rather similar.
Therefore, another simulation was performed for values of ny =n;
of 1.0 and 0, respectively, in order to evaluate if a better agree-
ment with the experimental data can be achieved (in both cases,
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Fig. 6. Comparison of predicted model data with experimental data for co-feed
mode of reactants and distributed oxygen feed (450°C, C3Hg/O, /N2 =2/1/4, total
flow rate 30-240 ml, min~1).
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pre-exponential factors had to be slightly adjusted in order to cor-
rect for the change in reaction orders). Fig. 7a shows experimental
and simulated propane conversion versus modified residence time
at 450°C for reaction orders ny=ny=1.0 and 0 (ks 1 =2.99 x 105,
K02 =4.68 x 10° for n=1.0 and K,,; =2.93 x 10°, k.2 =4.17 x 10°
for n=0). In comparison, Fig. 7b shows experimental and simu-
lated selectivity-conversion trajectories at 450 °C, also for reaction
orders n; =n;=1.0 and 0.

If both reaction orders are set to 1.0, activity behavior can be
described more precisely than with the original model. The loss of
activity at higher degrees of propane conversion is accounted for,
since reaction rate r; experiences a higher dependency on oxygen
concentration compared to the original model by Frank et al., where
n; was determined to be 0.1. If both reaction orders are set to 0,
the agreement between experimental and simulated data becomes
worse, which is due to the same reason as above. The loss of activity
due to unavailability of oxygen is not taken into account, since in
this case reaction rates are independent of the oxygen concentra-
tion. In case of selectivity behavior, both cases yield a more accurate
prediction of experimental data. Selectivity-conversion trajecto-
ries monotonically decrease, without showing increasing propene
selectivity at high degrees of propane conversion. However, it has
to be noted that these insights have to be experimentally verified.
So far, there are only strong indications that oxygen reaction orders
have to be very similar. This result is also supported by the literature
[33].
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4. Summary

Our microstructured reactors were characterized in the oxida-
tive dehydrogenation of propane with respect to reaction
engineering aspects. It was shown that this type of reactor experi-
ences only minor backmixing, since Bodenstein numbers are in the
range of 70. Furthermore, it could be experimentally and theoret-
ically verified that isothermal reaction conditions can be achieved
over a wide temperature range, making microstructured reactors
excellent tools for controlling strongly exothermic reactions. In
comparison to conventional reactor technologies, they are advan-
tageous with respect to their superior heat transfer properties.

In order to assess the prospective catalytic performance of our
microstructured reactors, a kinetic model from the literature was
applied to predict propane conversion and propene selectivity. It
was shown that the full kinetic potential can be exploited due to
the well controllable reactor behavior. However, it was also found
that the applied kinetic model is not suitable for extrapolation
mainly due to the inability to correctly predict activity and selectiv-
ity for high propane conversion degrees. Furthermore, it was shown
that a distributed oxygen feed in the oxidative dehydrogenation of
propane is not beneficial since oxygen reaction orders appear to be
very similar for both consecutive reactions.

With this study, the basis for a detailed kinetic investigation of
the chosen model reaction was established, since microstructured
reactors are well suited to analyze strongly exothermic heteroge-
neously catalyzed gas phase reactions under isothermal reaction
conditions in a wide range of concentrations and temperatures.
Typical problems with challenging reactions such as inefficient heat
transfer can be avoided, resulting in more accurate kinetic param-
eters.
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